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ABSTRACT 
Over the years, empirical correlations have been developed 

for predicting saturated flow boiling [1-15] and condensation 
[16-30] heat transfer coefficients inside horizontal/vertical 
tubes or micro-channels. In the present work, we have 
examined 30 of these models, and modified many of them for 
use in compact plate-fin heat exchangers. However, the various 
correlations, which have been developed for pipes and ducts, 
have been modified in our work to make them applicable to 
extended fin surfaces. The various correlations have been used 
in a low-order, one-dimensional, finite-volume type numerical 
integration of the flow and heat transfer equations in heat 
exchangers. The NIST’s REFPROP database [31] is used to 
account for the large variations in the fluid thermo-physical 
properties during phase change. The numerical results are 
compared with Yara’s experimental data [32]. The validity of 
the various boiling and condensation models for a real plate-fin 
heat exchanger design is discussed. The results show that some 
of the modified boiling and condensation correlations can 
provide acceptable prediction of heat transfer coefficient for 
two-phase flows in compact plate-fin heat exchangers.  
 
INTRODUCTION 
 In recent years, increased efforts have been devoted to the 
design of high performance compact heat exchangers due to the 
increasing heating and cooling requirements in various thermal 
systems. Among the many enhanced heat transfer techniques, 
working fluid with phase change by boiling or condensation 
can provide large heat fluxes, even with relatively small driving 
temperature differences. Therefore, two phase flows are widely 
used in the design of heat exchangers. Many efforts have been 
devoted to understanding the basic phase-change in the past and 
to develop models to predict heat transfer coefficients [33-36]. 
Multiple correlations for fluid boiling or condensation heat 

transfer have been proposed in the literature, most of them 
having been developed empirically. However, as for the design 
of the compact heat exchangers with two phase flows, the 
available boiling and condensation correlations cannot be used 
directly since these correlations were originally developed for 
two-phase flows in horizontal/vertical smooth tubes or, 
recently, for flows in micro-channels. The accuracy of these 
correlations for two-phase flows in compact heat exchangers 
need to be tested due to more complicated flow passage 
geometries and the existence of extended surfaces such as the 
fins in the plate-fin heat exchangers.  

In this study, 15 boiling and 15 condensation correlations 
taken from the literature are chosen to predict the boiling and 
condensation heat transfer in compact plate-fin heat 
exchangers. The existing models developed have been modified 
to account for the effects of fins. The proposed modified 
models are then used to predict the heat transfer for R22 boiling 
and condensation inside a compact plate-fin heat exchanger 
with serrated fins. The numerical results are compared with 
Yara’s experimental data, so that the validity of these modified 
models can be assessed.      

BOILING CORRELATIONS 
Many correlations have been proposed for predicting the 

heat transfer coefficient in situations where a liquid boils. The 
15 boiling correlations [1-15] tested in this study are 
summarized in Table 1. For use in a plate-fin heat exchanger, 
the existing boiling correlations need to be modified so that the 
effects of the fins to both nucleate and convective boiling can 
be taken into account. Several studies [37, 38] have been 
carried out to study the boiling phenomena in a compact plate-
fin evaporator. It was found that, on one hand, similar to single 
phase flow, the existence of the fins may lead to larger 
Reynolds number so that the convective boiling can be 
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enhanced, On the other hand, nucleate boiling can also be 
suppressed due to larger shear stresses near the wall [37].  

Therefore, a smooth tube-based boiling correlation with the 
form 

 ( ), ,TP boil nb cbFunα α α=   (1) 

can be modified to  

 ( ) ( ), ,TP boil nb nb cb cbFin
Fun S Eα α α=   (2) 

for boiling in plate-fin heat exchangers. Here, ,TP boilα  is the 

original boiling correlation, nbα  and cbα  are the nucleate 

boiling and convective boiling components for ,TP boilα , 

respectively. ( )Fun  is any boiling correlations listed in 

Table 1 (at the back of this paper). In the modified correlation, 

nbS  is the suppression factor for the nucleate boiling and cbE  
is the augmentation factor for the convective boiling due to the 
existence of the fins. The unknown factors nbS  and cbE  
depend on flow passage geometry and should be measured 
from experiments.  However, very few experimental data is 
available for liquid boiling in plate-fin heat exchangers.  
 
For the small flow passages in a compact plate-fin heat 
exchanger, convective boiling is enhanced by the presence of 
extended surfaces, on which a liquid film is formed. The heat is 
first transferred from the solid to liquid film by conduction and 
convection, followed by vaporization at the liquid/vapor 
interface. This is analogous to the case of pure single phase 
liquid flowing through the same passage but in which enhanced 
heat transfer is also due to the fact the fins provide extra 
surfaces for heat transfer between solid and liquid. On the 
foregoing basis, the assumption is made that  

 ( )
( )Dittus Boel

l Fin

r

b
l te

cE
α

α
−

=  , (3) 

where ( )l Finα  is the single phase boiling correlations for the 

liquid phase of fluid when it flows into a given plate-fin heat 
exchanger, and ( )Dittus Bo erl elt

α
−

 is the Dittus-Boelter 

correlation commonly used for single phase flows in a smooth 
tube: 

 0.8 0.40.023Re PrDittus Boel r Dte
hD
λα − =  . (4) 

Note that the assumption is made in Eqn. (3) that convective 
boiling is controlled by the heat transfer between the solid 
surface and the liquid film. The model is attractive for its 
simplicity and the fact that single phase empirical heat transfer 
correlations are available for many types of fins. The model 
assumes that even when a liquid is boiling in a plate-fin heat 
exchanger the majority of the heat transfer enhancement comes 
from the change of the flow patterns (turbulence, destruction of   

boundary layer, etc.) due to the existence of the fins. This 
assumption needs to be validated with experimental data.  
The existence of fins may significantly suppress nucleate 
boiling. The physics behind this phenomenon needs to be 
understood. However, nucleate boiling may not significantly 
affect heat transfer when the flow Reynolds number is large, 
Robertson and Lovegrove [39] measured the boiling of R11 on 
a serrated fin and Kandlikar [37] suggests 0.77NBS =  for it. 
In this work, we also assume this value. 

CONDENSATION CORRELATIONS 
Similar to the boiling correlations, we have also chosen 15 

condensation correlations originally developed for smooth 
tubes to investigate if they can be used for flows in a compact 
plate fin heat exchanger. These models are summarized in Table 
2 (at the back of this paper). It can be seen that these models are 
mostly developed for annular or stratified flows. Two types of 
condensation modes are important: gravity controlled film 
condensation and shear controlled condensation. Therefore, 
these smooth tube-based condensation correlations can be 
written in the general form 

 ( ), ,TP cond gra shFunα α α= ,  (5) 

where ,TP condα  is the original condensation correlation, graα  

and shα  are the gravity controlled condensation and shear 

controlled condensation components of ,TP condα , respectively. 

Gravity controlled film condensation will be 
enhanced/suppressed by the local surface profile. A concave 
surface tends to enhance condensation while a convex surface 
suppresses it [40]. The overall effects of the fins for the gravity 
controlled film condensation are not well understood. In this 
study, we assume there is no change in the gravity part of film 
condensation ( graα ) for finned surface: 

 ( ) ( )gra graFin Smooth Tube
α α

−
≈  . (6) 

For shear-controlled film condensation, based on the 
classical Nusselt film theory [41], we have  

 
( )
( )
/
/

TP
sh l

l

dp dL
dp dL

α φ∝ =  , (7) 

where the parameter lφ   can be computed from the Lockhart 
and Martinelli model. The effects of the fins in the compact 
heat exchanger for the shear-controlled condensation may then 
be modeled as  

 
( )

( )
( )

( )
sh lFin Fin

sh lSmooth Tube Smooth Tube

α φ
α φ

− −

=  . (8) 

For smooth tubes, Blasius solutions can be used to calculate the 
single phase friction factor in ( )l Smooth Tube

φ
−

: 
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1/4 4

Blasius 1/5 4

0.079Re for Re 10
0.046Re for Re 10

D D

D D

f
−

−

⎧ ≤⎪= ⎨
>⎪⎩

  (9) 

Substituting ( )sh Finα  and ( )gra Fin
α  into Eqn. (4), we can 

obtain the modified condensation correlations for condensation 
in a compact plate-fin heat exchanger as: 

 ( ) ( ) ( )( ), ,TP cond gra sh FinFin Fin
Funα α α= .  (10) 

PROBLEM DESCRIPTION 
 

 
Figure 1Yara’s Compact Plate-Fin Evaporator/Condensor 

Configuration. 
 

The proposed models (Eqns. (2) and (10)) need to be 
tested. In this study, Yara’s [32] compact plate-fin 
evaporator/condenser configurations are used for this purpose; 
this is shown in Fig. 1. The same geometry are used for both 
boiling and condensation measurements. This plate-fin heat 
exchanger has 1 refrigerant passage and 2 water passages. 
Rectangular serrated fin is used for the refrigerant flow and 
plain rectangular fins are used in water flows. The geometry of 
the heat exchanger is defined in Table 3. 

 
Table 3 HEX Geometry 

Geometry	 R22	 Water	
Fin	Type	 Serrated	 Plain	
Fin	Spacing	[mm]:		 1.478	 2.297	
Plate	Spacing	[mm]:		 6.35	 6.35	
Fin	Thickness	[mm]:		 0.203	 0.305	
Fin	Offset	Pitch	[mm]	 3.2	 N/A	
Plate	Width/Passage	Width	[m]:	 0.17	 0.17	
Plate	Length/Passage	Length	[m]:	 1.32	 1.32	
Number	of	Rows/Passages:	 1	 2	
Number	of	Passes:	 1	 1	
Fin	Thermal	Conductivity:	[W/(m.K)]	 168.0	 168.0	

 
In evaporator mode, the cold flow of R22 is heated by the 

hot water from both sides and the flow conditions are given in 
Table 4. In condenser mode, the hot flow of R22 is cooled by 
the cold water from both sides and the flow conditions are 
given in Table 5. 

 
 
 

Table 4 Flow Conditions for Evaporator Test 
Cold	Fluid	 R22	

Inlet	Temperature:	 279.6inletT K= 	

Inlet	Pressure:		 60.611 10 PainletP = × 	

Inlet	Quality:		 0.2
inlet
x = 	

Mass	Flux:		 299.5 kg/(m s)G = ⋅ 	

Outlet	Temperature:	 286.5
outlet
T K≈ 	

Outlet	Pressure:	 60.575 10 Pa
outlet
P = × 	

Outlet	Quality:	 1.0
inlet
x = 	(super-heating)	

Hot	Fluid	 Water	

Inlet	Temperature:	 296inletT K= 	

Inlet	Pressure:		 51.01325 10 PainletP = × 	

Inlet	Quality:		 0
inlet
x = 	

Mass	Flux:		 2153.9 kg/(m s)G = ⋅ 	

Outlet	Temperature:	 286.5
outlet
T K≈ 	

 
Table 5. Flow Conditions for Condensor Test 

Hot	Fluid	 R22	

Inlet	Temperature:	 332.5inletT K= 	

Inlet	Pressure:		 61.674 10 PainletP = × 	

Inlet	Quality:		 1.0
inlet
x = 	

Mass	Flux:		 299.5 kg/(m s)G = ⋅ 	

Outlet	Temperature:	 316.9
outlet
T K≈ 	

Outlet	Pressure:	 61.664 10 Pa
outlet
P = × 	

Outlet	Quality:	 0.0
inlet
x = 	(sub-cooling)	

Cold	Fluid	 Water	

Inlet	Temperature:	 301.5inletT K= 	

Inlet	Pressure:		 51.01325 10 PainletP = × 	

Inlet	Quality:		 0
inlet
x = 	

Mass	Flux:		 2161.0 kg/(m s)G = ⋅ 	

Outlet	Temperature:	 314.1
outlet
T K≈ 	

PLATE-FIN MODELING 

 
Figure 2 Illustration of Serrated Fin Geometry 

 
The geometry of serrated fin is illustrated in Fig. 2. 

Manglik and Bergles’ correlations [41] are used to predict the 
single phase heat transfer coefficient and pressure drop: 
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( )
0.5403 0.1541 0.1499 0.0678

0.15 1.34 0.504 0.456 1.055

( ) 0.6522

1 5.269 10

MBj Re Re

Re

α δ γ

δα γ

− − −

− −

=

× + ×
  (11) 

( )
0.7422 0.1856 0.3053 0.2659

0.18 4.429 0.92 3.767 0.236

( ) 9.6243

1 7.699 10

MBf Re Re

Re

α δ γ

α δ γ

− − −

−

=

× + ×
  (12) 

 , ,s t t
h l s

α δ γ= = =  , (13) 

where s   is fin width, h  is fin height, t  is fin thickness and l  
is the fin offset pitch. The hydraulic diameter is defined as 

 
( )

4
2h

hslD
sl hl th ts

=
+ + +

 . (14) 

( )l Finα  in Eqn. (3) is then calculated by 

 ( ) ( ) 1/3Re Re Prl
l MB l l lFin

h

j
D
λα = .  (15) 

( )L Finφ  in Eqn. (8) is calculated by 

 ( ) ( ) ( )
2

2

11 tt
L Fin

tt Fin tt Fin

C
X X

φ = + +  , (16) 

 ( )
, ,

tt Fin
l FIN g FIN

dP dPX
dL dL

⎛ ⎞ ⎛ ⎞= ⎜ ⎟ ⎜ ⎟⎝ ⎠ ⎝ ⎠
,  (17) 

 ( ) ( )
2

2

,Fin

2 Re 1MB l
l l h

dP G
f x

dL Dρ
⎛ ⎞ = −⎜ ⎟⎝ ⎠

,  (18) 

 ( )
2

2

,Fin

2 ReMB g
g g h

dP G
f x

dL Dρ
⎛ ⎞ =⎜ ⎟⎝ ⎠

 , (19) 

where  

 ( )1
Re h

l
l

GD x
µ

−
=  , (20) 

 Re h
g

g

GD x
µ

=  . (21) 

The mean temperature difference between the fin surfaces and 
saturated stream can be estimated as F satTη Δ . The mean heat 
transfer coefficient across the overall heat transfer area can be 
calculated as [37] 

( ) ( ), , , / / 1 /TP TP P TP F F P F F PA A A Aηα α α η⎡ ⎤= + +⎣ ⎦   (22) 

 where FA  is the fin surface area, PA  is the prime surface area 

(heat transfer area not covered by fins), ,TP Pα  is calculated 

from boiling/condensation models by using satTΔ  as the 

driving temperature difference for phase change, and ,TP Fα  is 

calculated from  two phase models  by using F satTη Δ  as the 
driving temperature difference for phase change. The fin 
efficiency for the serrated fin is calculated by 

 

( )

( )

,2
tanh

2

2
2

TP

s

F
f

s

t l h
tl

t l h
tl

ηα
λ

η
α
λ

⎛ ⎞+⎜ ⎟
⎜ ⎟
⎝ ⎠=

+
  (23) 

It can be seen that ,TP ηα  requires Fη  in Eqn. (22) while Fη  

requires ,TP ηα  in Eqn. (23). Therefore, an iterative scheme is 
required to solve Eqns. (22) and (23). Our study shows that the 

values of ,TP ηα  and Fη  will converge in less than 10 steps of 

iterations with the initial guess of Fη  set to 0.5. With ,TP ηα  
solved, the averaged heat flux based on the total heat transfer 
area can be calculated as 

 ," TP satq Tηα= Δ  . (24) 

NUMERICAL PROCEDURE  
 
 

 

Figure 3. Illustration of fluid segments discretized 
along flow path 

 
The modified boiling and condensation models have been 

implemented in the Thermal Analysis Software, INSTED. In 
this program, the flow passages are divided into small sections 
(Fig. 3). The calculation tracks the flow from the inlet to the 
outlet of a fluid stream as the fluid goes through the passage. 
For instance, for every section along the cold fluid passage, 
there is an exchange of heat with the hot fluid. However, to 
exchange the heat between the streams, the temperature of the 
fluid in the other stream must be determined. This can only be 
done when the equations are solved on the segments of the 
other stream. Therefore, an iterative scheme is needed to solve 
the both streams. The procedure called “Incremental Method” 
is implemented and summarized in Fig. 4. Details of the 
numerical procedure can be found in our previous work [42, 
46].  

By discretizing the flow path into sections, the local heat 
transfer coefficient can be calculated by Eqn. (2) for boiling or 
Eqn. (8) for condensation. Also, to account for the large 
variations in thermos-physical properties, NIST’s REFPROP 
database has been integrated into the INSTED program.  
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Figure 4 Flow chart of the incremental iteration 
procedure in INSTED Thermal Analysis Software 
[42] 

RESULTS & DISSCUSSION 
The boiling calculation results are shown in Fig.5 where 

the flow quality ( x ) versus the heat transfer coefficient ( TPα ) 
curves are plotted for all the 15 modified boiling correlations. 
Results from both the original and proposed modified boiling 
models are shown. The numerical predictions are compared 
with experimental data. The mean absolute relative errors 
(MARE) are also given in Table 1. The results show that the 
“nucleate boiling only” models (Rohsenow [9], Cooper [10], 
Tran [12], Kew and Cornwell [13], Warrier [14]) give the most 
error. This agrees with the fact that for this test, convective 
boiling is dominant, which favors the models which can predict 
convective boiling: Chen [1], Gungor and Winterton [3-4], 

Kandlikar [5], Liu and Winterton [6], and Steiner and Taborek 
[7]. It can be seen that the modified models provide more 
accurate results compared to the original models. The MAREs 
of the modified models are around 20%, which is acceptable 
considering the possible errors coming from the original single 
phase correlations. Therefore, Eqn. (3) seems to give a good 
estimation of CBE  in this case. Note that these models appear to 
over-predict the two-phase heat transfer coefficient 
when 0.6x > , which is due to the fact that the assumption made 
in Eqn. (3) becomes invalid when the fluid approaches the 
gaseous state (quality approaching 1).      

Similarly, the calculated results for the 15 modified 
condensation correlations are shown in Fig.6, together with the 
results from the original models and Yara’s experimental data. 
The mean absolute errors (MARE) of these models are also 
given in Table 2. For this calculation, as stated in Yara’s paper, 
the condensation is gravity-controlled. It can be observed that 
the “stratified-flow only” model (Jaster-Kosky [19]), “gravity + 
shear” (Fujii [22], Haraguchi [21], and Yu [23]) models, and 
“multi-regime” models (Dobson [25], Thome [28], Cavallini 
[27, 29], Shah [30]) gives relatively smaller errors compared 
with “annular flow only” models (Kosky and Staub [17], 
Cavallini and Zechin [18], Shah [20], Moser [24]). Since the 
condensation is gravity-controlled, the scaling factor proposed 
in Eqn. (8) needs to be assessed. To validate the proposed 
scaling factor on the shear terms in these models, the numerical 
results are again compared with the experimental data, where 
shear- controlled condensation dominates.  In Fig. 6, we can see 
that, with the exception of the models by Carpenter and 
Colburn [16] and Webb [26], most of the original condensation 
models can still provide fair agreement with the experimental 
data, suggesting that the assumption made on the gravity-
controlled condensation in the proposed models - where we 
assume that the effects of the fin surface on the gravity-
controlled condensation is negligible - is probably reasonable. 

CONCLUSION 
In this study, 30 boiling and condensation correlations 

developed for smooth tubes have been modified and tested for 
use in a compact plate-fin heat exchanger. The test results show 
that the modified correlations can provide acceptable results. 
However, more experimental data is needed to further validate 
the proposed models.  
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NOMENCLATURE 
 

2area, mA =   
"

boiling number, 
lg

q
Bo

h G
= ≡  

( )specific heat, J/ kg Kpc = ⋅  
0.50.81

convection number, g

l

x
Co

x
ρ
ρ

⎛ ⎞−⎡ ⎤= ≡ ⎜ ⎟⎢ ⎥⎣ ⎦ ⎝ ⎠
 

hydraulic diameter, mhD =  

augmentaion factorE =  
friction factorf =  

2

2Froude number,
h

GFr
gDρ

= ≡  

( )3 2gravitational constant, m / kg sg = ⋅  

( )2mass flux, kg/ mG s= ⋅  

( ) 3

2Galileo number, l l g h
l

l

g D
Ga

ρ ρ ρ
µ
−

= ≡  

lg latent heat, J/kgh =  
2/3Colburn factor, StPrj = ≡  

( ),

lg

,Jakob number p l sat w
l

c T T
Ja

h
−

= ≡  

molecular weight, g/molM =  
mean absolute errorMAE =  

( )

0.5

 number,confinement  

/

conf

h
l g

N

D
g

σ
ρ ρ

=

⎡ ⎤
≡ ⎢ ⎥

−⎢ ⎥⎣ ⎦

 

Nusselt number, DNu α
λ

= ≡  

pressure, PaP =  

reduced pressure, Pa, /red crP P P= ≡  

change of saturated fluid pressure 

due to , Pa 

sat

sat

P

T

Δ =

Δ
 

Pr Prandtal number=  
heat transfer rate, Q W=  

2" heat flux, W/mq =  
Re Reynolds number=  

suppression factorS =  

Stanton number, 
p

St
Gc
α= ≡  

temperature, T K=  

dimensionless temperatureT + =  
temperature difference between wall 
and saturate fluid temperature, 

for boiling
 

for condensation

sat

w sat

sat w

T
K

T T
T T

Δ =

−⎧
≡ ⎨ −⎩

 

2

Webber number, hG DWe
ρσ

= ≡  

qualityx =  
Martinelli parameterX =  
Chishom parameterY =  

( )2heat transfer coefficient, W/ m Kα = ⋅  

fin efficiencyFη =  

( )viscosity, kg/ m sµ = ⋅  
3density, kg/mρ =  

( )thermal conductivity, W/ m Kλ = ⋅  

surface tension coefficient, N/mσ =  
two phase frictional multiplierφ =  

void fractiongε =  
2wall shear stress, N/mwτ =  

2area, mA =  
2area, mA =  

 
Subscript 

annularan =  
convective boilingcb =  
critical statecr =  
finf =  
vaporg =  
with all fluid as vaporgo =  
gravity controlledgra =  
liquidl =  
with all fluid as liquidlo =  
nucleate boilingnb =  
saturationsat =  
shear controlledsh =  
stratifiedstr =  
two phase flowTP =  
wallw =  



9 
 

 
Table 1 Selected boiling correlations  

 
No. Correlation Channel Geometry Boiling Mechanism Fluids MARE 
1 Chen (1966) Horizontal tubes 

 
Nucleate boiling and forced  convective 
boiling 

Water, Methanol, Pentane, 
Heptane, Benzene, etc. 

17.77% 

2 Shah (1982) Horizontal and vertical tubes 
Dh=5.0-15.8 mm 

Nucleate boiling and forced  convective 
boiling 

R11, R12, R22, R502, etc. 21.77% 

3 Gungor and Winterton (1986) Horizontal and vertical tubes 
Dh=2.95-32 mm 

Nucleate boiling and forced  convective 
boiling 

Water, R11, R12, R113, etc. 19.40% 

4 Gungor and Winterton (1987) Horizontal and vertical tubes 
Dh=2.95-32 mm 

Nucleate boiling and forced  convective 
boiling 

Water, R11, R12, R113, etc. 18.28% 

5 Kandlikar (1990) Horizontal and vertical tubes 
Dh=4.6-32 mm 

Nucleate boiling and forced convective 
boiling 

Water, R11, R12, R22, R113, 
Nitrogen, etc. 

23.08% 

6 Liu and Winterton (1991) Horizontal and vertical tubes 
Dh=2.95-32 mm 

Nucleate boiling and forced  convective 
boiling 

Water and refrigerants 23.80% 

7 Steiner and Taborek (1992) Horizontal tubes 
Dh=1-32 mm 

Nucleate boiling and forced  convective 
boiling 

Water, refrigerants, cryogenics 15.30% 

8 Kattan (1998) Microfin tube Nucleate boiling and forced  convective 
boiling 

R134a, R123, R402a, R404a,  
R502 

36.51% 

9 Rohsenow (1951) Horizontal tubes Nucleate boiling Water, CCl4, Benzene, n-Pentane, 
Ethyl alcohol, etc. 

49.93% 

10 Cooper (1984) Pool boiling Nucleate boiling Water, refrigerants, organic 
fluids, cryogens 

92.71% 

11 Koyama (1995) Microfin tube Nucleate boiling Refrigerants 25.00% 
12 Tran (1996) Horizontal tubes 

Dh=2.4-2.92 mm 
Nucleate boiling R12, R113 90.90% 

13 Kew and Cornwell (1997) Horizontal tubes 
Dh=1.39-3.69 mm 

Nucleate boiling R141b 92.57% 

14 Warrier (2002) Horizontal tubes 
Dh=0.75 mm 

Nucleate boiling FC-84 > 95% 

15 Yu (2002) Horizontal tubes 
Dh=2.98 mm 

Nucleate boiling (moderate convective 
boiling maybe included) 

Water 38.64% 
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Table 2 Selected condensation correlations 

 
No. Correlation Channel Geometry Condensation Regime Fluids MARE 
1 Carpenter and Colburn (1951) Horizontal tubes Annular flow Steam 18.62% 
2 Kosky and Staub (1971) Horizontal tubes Annular flow Steam 31.98% 
3 Cavallini and Zechin (1974) Horizontal tubes Annular flow Steam 47.24% 
4 Jaster and Kosky (1976) Horizontal tubes 

Dh=12.5 mm 
Stratified flow Steam 21.27% 

5 Shah (1979) Horizontal tubes  
Dh=7-40 mm 

Annular flow Water, R11, R12, R22, R113, methanol, 
ethanol, benzene, etc. 

33.72% 

6 Haraguchi (1994) Horizontal tubes 
Dh=8.4 mm 

Annular flow R22, R134a, R123 17.53% 

7 Fujii (1995) Horizontal tubes 
Dh=8.4 mm 

Gravity and shear flows R22, R134a, R123 14.75% 

8 Yu and Koyama (1998) Microfin tubes Gravity and shear flows R22, R134a, R123 20.66% 
9 Moser (1998) Horizontal tubes 

Dh=3.14-20 mm 
Annular flow Steam 30.45% 

10 Dobson and Chato (1998) Horizontal tubes 
Dh=3.14-7.04 mm 

Annular and stratified-wavy 
flows 

R12, R22, R134a, etc. 25.13% 

11 Webb (1998) Horizontal tubes 
Dh=1-7 mm 

Annular flow R12 18.33% 

12 Cavallini (2002) Horizontal tubes 
Dh=8 mm 

Annular, annular-stratified, and 
stratified-slug flows 

R22, R134a, R125, R236ea, R32, R410A 19.99% 

13 Thome (2003) Horizontal tubes 
Dh=8 mm 

Annular, stratified-wavy, and 
wavy flows 

R22, R134a, R125, R236ea, R32, R410A 8.95% 

14 Cavallini (2006) Horizontal tubes 
Dh=8 mm 

ΔT-dependent and ΔT-
independent flows 

R22, R134a, R125, R236ea, R32, R410A 19.99% 

15 Shah (2009) Horizontal/vertical tubes Laminar, transitional, and 
turbulent flows 

Water, halocarbon refrigerants, 
hydrocarbon refrigerants, and organics 

26.29% 
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Figure 5. Numerical quality v.s. heat transfer coefficient plots for various boiling correlations with comparison of Yara’s experimental data. 
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Figure 6. Numerical quality v.s. heat transfer coefficient plots for various condensation correlations with comparison of Yara’s experimental data


